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Cellulose is a polysaccharide with the molecular formula (C6H10O5)n which de-
rives from the condensation of glucose unit.
Hemicellulose is a matrix of polysaccharides, such as arabinoxylans, that exist
with cellulose in the plant cell walls. Combined with cellulose, it provides structural
strength to the cell wall. Lignin is a complex polymer of aromatic alcohols, insoluble
in water and alcohol. Its composition varies from species to species.
Depending on the composition of these compounds and on the extractives, which
happens to be one of the minor compound, the elemental analysis varies.
If properly treated, the biomass can be converted into various biofuels (e.g. syn-
gas, bio-oil, bioethanol). Table 1.1 shows current technologies used to obtain energy
from biomass and their typical conditions and characteristics.
TABLE 1.1: Current technologies for biomass treating [6]
Process Type of biomass Conditions Features
Combustion Dry biomass 150-800◦C Low energy efficiency (10-30%)
Atmospheric pressure Pollutant emissions
With air
Pyrolysis Dry biomass 350-550◦C Produced bio-oil and gases
10-50 bar
Absence of air
Liquefaction Wet biomass 250-450◦C Transforming biomass to liquid fuel biocrude
50-200 bar Without a necessary drying process
Absence of air
Conventional Dry biomass 800-900◦C Partial oxidation reaction
gasification Atmospheric pressure A gaseous mixture, mainly H2 , CO and CO2
Limited oxygen
Anaerobic Wet biomass Bacteria, in absence of oxygen, Very slow process
digestion degrade the organic matter A relatively low efficiency
It produces methane only, no hydrogen
SCWG Wet biomass 300-650◦C Higher gas yields
>221 bar Hydrogen more than 50% on a mole basis, CO2
Limited oxygen (oxygen about 33%, and others including CH4 and low CO
coefficient 0-0.25) Low level of residual chars and tars
Traditional gasification technologies have encountered several difficulties, for in-
stance a low quality gas due to higher presence of impurities such as char and tar [6],
and the low efficiency at high moisture content. It was demonstrated that through
anaerobic digestion or hydrothermal gasification, efficiency does not decrease with
moisture content [6].
1.1.2 Vinasse production: the bioethanol plant
Sugarcane production is mostly based on the world demand for sugar, in fact almost
the 80% of sugar globally produced comes from sugarcane [7]. The sugar extraction
and refining is a process that leads to the recovery of molasses as a byproduct. It is a
circular path of washing and heating the cane (and beets also) with hot water. It has
a great potential for the production of ethanol through fermentation and distillation.
The residue obtained by the fermentation is called vinasse, and it is a feedstock that
has potential for fuel production [5].
As illustrated in figure 1.4, vinasse can be produced both from molasses and from
the juice and depending on the production process, its properties and characteristics
vary [8].
The processing steps in vinasse production could be summarized as [9]:
• Washing and cutting
The sugar cane stalks are at first subjected to hot water sprays to remove dirt
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Vinasse from molasses generally presents higher values of COD (chemical oxy-
gen demand) and BOD (biochemical oxygen demand) than vinasse from sugarcane
juice. This means that the first one has a higher organic content, therefore his poten-
tial as fuel is higher [8].
1.1.3 Vinasse characteristics
The word Vinasse comes from the Latin word vinacaeus, and originally it meant
wine yeast. It is a residue obtained from alcohol distillation of fermented molasses
and if properly treated it can be a source of energy, because it can be converted into
a valuable biofuel. It has a light black-reddish color when obtained from sugarcane
molasses and it appears as a very viscous liquid. It contains between 50 and 100 g/L
of suspended solids [10]. Generally, its pH ranges between 3,5 and 5 and it has a
high chemical oxygen demand (COD) [11]. Its density has a value of 1051 kg/m3
at 20◦C [12]. It is a mixture of water, organic and inorganic compounds, and its
composition varies because of the different raw materials and different plants used
for the ethanol production.
Vinasse is often used for irrigation due to its high organic content, although it
needs to be treated before due to the presence of phytotoxic, antibacterial and re-
calcitrant compounds such as phenols, polyphenols and heavy metals, which cause
negative effects on microorganisms and plants [11]. Vinasse is also used in on-site
combustion.
Its high moisture content make vinasse a promising feedstock for hydrothermal
treatments. In this study the Supercritical Water Gasification (SCWG) of Vinasse will
be evaluated. In spite of its large potential, the current studies made on the SCWG of
vinasse do not lead to high energy and economic efficiencies, therefore more studies
are needed [13].
1.1.4 An overview on Hydrothermal treatments of biomass
The hydrothermal treatment is defined as “reactions occurring under the conditions
of high temperature and high pressure in aqueous solutions in a closed system”[14],
therefore a pre-drying step is not needed. Those include supercritical and subcritical
treatments depending on the conditions of temperature and pressure.
When the process conditions are below the critical point of water (374◦C and 22,1
MPa) Hydrothermal Liquefaction is a used to produce bio crude. The reaction is car-
ried out at a temperature that ranges between 280◦C and 370◦C and a pressure up
to 200 bar. Under this conditions organic compounds have high solubility and thus
are miscible. The process is essentially pyrolysis in hot water but it does not require
a catalyst and the product obtained is a bio-crude. As well as Pyrolysis, the HTL is
the thermo-chemical decomposition of organic matter, but the working conditions
are different. In the pyrolysis process the feedstock has to be dry (moisture content
below 10%), it is treated at moderate temperature (between 350 and 550◦C) and at-
mospheric pressure; on the contrary, HTL is performed in the presence of water, in
fact it can convert biomass with high moisture content, at lower temperature and
higher pressure[15]. In the HTL process the feedstock is made of wet biomass and
water (which needs to be added as auxiliary water in order to reduce the solid con-
tent) and the energy consumption in feedstock pre-treatment is limited compared to
technologies in which biomass drying is required (pyrolysis). The low energy con-
sumption is due to the possibility to recover the heat when the process is in liquid
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form, however in drying, the water is evaporated and the heat is dissipated to the
atmosphere.
The product obtained, the bio crude, vary its chemical composition based on the
HTL reaction conditions and also on the characteristics of the feedstock.
When the process condition are near and beyond the critical point of water (374◦C
and 22,1 MPa), biomass can be gasified with Supercritical water (SCWG). As a result,
the organic constituents of biomass decompose into synthetic gas.
At supercritical conditions the liquid water loses its polarity and its non-polar
nature allows a reasonably easy extraction of inorganic or polar constituents. Wa-
ter under these conditions has high reactivity, and this makes it a good medium to
improve the reaction rate. Reaction times are faster compared to other processes
such as anaerobic digestion and as a result an optimal conversion of biomass can be
achieved [16]. At Lower temperature (from 370 to 550◦C) the tests can be taken both
in catalytic and non-catalytic environments; the primary product are water soluble
organics when no catalyst is used, while it is observed the release of a carbon rich
syngas when a metallic or alkali based syngas is used [16]. At higher temperature
(beyond 550◦C) the mainly product is a hydrogen rich syngas due to the endother-
mic reaction of H2 generation. According to Le-chatelier’s principle when a change
in temperature occurs, the system will no longer remain at equilibrium: the reac-
tion will change the direction in order to restore the equilibrium. Effect of change
in temperature is related to the nature of reaction whether it is an endothermic re-
action or an exothermic reaction [17], consequently along with the hydrogen other
compounds are formed.
Through SCWG the biomass is converted into multiple gaseous product such as
CO2, CO, H2 and CH4. If the feedstock contains a large percentage of sulfur, the
product contains H2S, so it is necessary to include an acid gas removal step [16].
The syngas, can be produced from the material that contain carbon, so from a
great variety of feedstock for example biomass, plastics and coal. The SCWG of
biomass is a complex process, but the overall conversion for hydrogen production
can be simplified as:
CHxOy + (2− y)H2O $ CO2 + (2− y +
x
2
)H2 (1.1)
Where x and y indicated the H
C
and O
C
ratios in the feedstock [18]. Along with
this reaction, some others can occur: steam reforming (1.2), water gas shift (1.3) and
methanation (1.4) [18].
CHxOy + (1− y)H2O $ CO + (1− y +
x
2
)H2 (1.2)
CO +H2O $ CO2 +H2 (1.3)
CO + 3H2 $ CH4 +H2O (1.4)
The methanation is an exothermic reaction while the H2 formation is endother-
mic; this is why it is possible to obtain a hydrogen rich syngas at higher temperature
[18]. Differently from the thermal gasification, with the supercritical water gasifica-
tion the syngas has a high content of CO2. This is caused by both the oxygen present
in the biomass and the one in the auxiliary water that allows oxidation.
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1.2 Objectives and aim of the thesis
This work focuses on the process design, simulation and technoeconomic evalua-
tion of the supercritical water gasification (SCWG) of vinasse for the production of
valuable transportation liquid fuels.
The main goals are:
1. Process modelling of a complete plant layout on Aspen Plus for SCWG of
vinasse
2. Evaluation of the economic feasibility and profitability of the process com-
pared to other bio-fuels plants.
1.3 Methods
The complete process layout will be simulated through the commercial software
Aspen Plus R©V8.8 [19]. The first calculations of solvents and reactants mass flows
where evaluated on Microsoft Office Excel and then implemented on Aspen for the
model confirmation.
The calculations and the choices made while building the model are illustrated
in detail in the chapter 3. Some of the physical parameters cannot be modeled on
the software used, so they will be assumed based on the literature data, for instance
the reactors working conditions when a catalyst is considered. The scenario was
scrutinized with the pinch analysis method to define the auxiliary utility demand
and evaluate the overall thermal performance (see section 3.3). Finally, the Techno-
Economic Assessment (TEA) establishes the commercial potential of the plant by
determining the minimum selling price (MSP) and the net present value (NPV) rel-
ative to current commercial and market conditions (see section 3.4).
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Literature review
2.1 Vinasse composition
Vinasse has a high moisture content which ranges between 40% and 50%. The
solids include ashes, proteins and carbohydrate. The major compounds found in
the Vinasse are Glycerol, Acetic acid and Lactic acid [20]. Akram et al. [21] analyzed
sugarcane vinasse behavior during combustion in a fluidized bed combustor. For
the study they used a vinasse with a moisture content higher than 50% (table 2.1)
and a low Calorific Value (CV) thus they showed the impossibility of combustion
without the support of a fuel having a high CV (coal was utilized in the study).
TABLE 2.1: Proximate and ultimate analysis for the vinasse used by
Akram et al. [21]
Coal Vinasse
Proximate analysis
Moisture (%) 5.6 58
Ash (%) 4.9 9.7
Volatiles (%) 34.2 32.3
Fixed carbon (%) 55.3 -
Ultimate analysis
Carbon (%) 74.4 17.3
Hydrogen (%) 4.06 2.11
Oxygen (%) 6.97 8.73
Nitrogen (%) 1.62 2.1
Sulphur (%) 2.01 2.1
One of the possible treatments for vinasse is gasification. It has been widely in-
vestigated because of its potential of providing higher efficiency cycles. Wide ranges
of biomasses and waste products have been studied as potential fuels [22]. Dirbeba
et al. studied the gasification of sugarcane vinasse in CO2 and the release of ash mat-
ters in CO2 and N2 atmospheres. As a result, they obtained an ash content on a dry
fuel basis of 34.1 %wt on to 67.4%wt dry solids diluted samples of dried vinasse [22].
As said in the previous chapter, one of the uses of vinasse is its combustion on-site.
Cortez et al. [23] investigated and developed the basic technology of on-site dis-
posal of vinasse by combustion and they evaluated its heating value, composition,
and flame characteristics through combustion tests. They tested the characteristics of
the vinasse obtained from the Shepherd Oil Distillery, which has the ultimate analy-
sis reported in table 2.2. In conclusion, even at lowered moisture content the vinasse
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Many useful products can be obtained from the SCWG of biomass: they include
syngas, heat and power. These can be further treated to obtain bio-fuels and bio-
char. Syngas can also be further processed into methanol, dimethyl ether and other
chemical feedstocks. An evaluation of the thermal performance of the plant identi-
fies the feasibility and the limitations of the study. Table 2.5 highlights the energetic
efficiencies associated to different configurations for SCWG of biomass. Magdeldin
et al. [16] studied the SCWG of an algae feedstock with different configurations and
different products. What emerges from their study is that the energy efficiency re-
lated to the plant is higher in the BioSNG production cases. The thermal efficiency
observed for the production of hydrogen is similar to the work of Lu et al. [31] whose
study focuses on the thermodynamic analysis of biomass gasification for hydrogen
production in supercritical water. Aziz et al. [32] proposed system for SCWG of a
spirulina algae feedstock in a catalyzed fluidized bed for power production step in
an integrated gasification combined cycle excess power integration configuration.
Overall, the thermal efficiency of the plant ranges around the 40% because of the
different systems of fluidized beds.
TABLE 2.5: Thermal efficiency associated with SCWG of biomass
Feedstock Product Energy efficiency Reference
Algae feedstock Hydrogen 42-55% [16]
Algae feedstock BioSNG 63-66% [16]
Lignocellulosis biomass Hydrogen 55% [28]
Biomass Hydrogen 42% [31]
Spirulina algae Power production 40% [32]
Sewage sludge Hydrogen 56% [33]
Corn starch and sawdust Hydrogen and CO 44% [34]
With the conventional treatments the efficiency decreases with the moisture con-
tent, mainly due to the heat load required for the drying step. On the contrary, this
characteristic was not observed with SCWG. This makes SCW a good medium for
gasification processes for feedstocks with high moisture content [28].
After the SCWG reactor, the water contained in the syngas needs to be romoved
along with the acid gas. For this reason, it is necessary a quench step, which allows
the water removal, and then an acid gas scrubbing. There are multiple possibilities
to quench the gas, for example it can be fed into an heat exchanger, or it can be
diluted with cold water[35].
The Acid Gas Removal (AGR) stage is a lot discussed in literature; hydrogen sul-
fide removal processes can be either physical-chemical or biological [36]. Swanson et
al. [35] evaluated the acid gas removal from a syngas through amine scrubbing and
subsequent LO-CAT R©process. The advantages and disadvantages of the different
possibilities for acid gas removal are analyzed in chapter 3, based on the character-
istics of the syngas.
As final stage, many solutions are possible. One option is, when obtained a
hydrogen-rich syngas, to purify the syngas in order to rich a major content of hydro-
gen. This can be done through some special filter (Palladium) or with the Pressure
Swing Adsorption (PSA), as studied in [16]. This solution could be used for instance
for chemical industry and fuel cells, but it is discouraging because it is needed a
large scale consumer nearby due to the high transportation costs.
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to Sasol plants, which represent the most significant example of commercialized FT
synthesis in the world).
TABLE 2.6: General information about the LTFT and HTFT processes
of Sasol [39]
FT processes Low Temperature (LTFT) High Temperature (HTFT)
Temperature 220-260◦ 320-350◦
Catalyst Fe/Co Fe
Traditional reactor ARGE Synthol
Type Tubular Circulating Bed
Advanced reactor Sasol slurry phase distillate (Sasol SPD) Sasol advanced synthol (SAS)
Type Slurry (three-phase) Fluidixed bed
To adjust the CO-H2 ratio entering the Fisher-Tropsch, it is possible to design a
reverse water gas shift process block that allows the production of carbon monoxide
from CO2 and H2. Saeidi et al. [40] studied the CO2 hydrogenation to hydrocar-
bons. The FT process was thus preceded by a Reverse Water Gas Shift. The RWGS
reaction is unclear and extensive studies have been performed to understand the
RWGS reaction mechanism along with the characterizations techniques of the cata-
lyst. The effect of catalyst types on RWGS reaction were evaluated along with the
selectivity through CO, methane and methanol. Porosoff et al. [41] studied the cat-
alytic reduction of CO2 evaluating the conditions for synthesis of CO, methanol and
hydrocarbons. Each catalyst has different selectivity to the products, and therefore
with the appropriate catalyst it is possible to pursue the required route.
As shown in figure 2.7 the FT crude is not a transportation liquid fuel, conse-
quently it has to be upgraded. Due to his characteristic and composition, the crude
can be fractioned in a similar way as for the crude oil. Several studies are currently
available on the fractionation of the crude oil. Haydary et al. [42] evaluated the
separation of the crude oil into the different fractions with the use of Aspen Plus R©.
This unit allows the fractionation of the crude into Naphtha, Kerosene and Diesel.
The Residuum of the fractionation step is the process by-product. As an alternative
it can be treated through Fluid catalitic cracking (FCC) riser reactor, as studied by
Mahfud [43].
2.4 Technical analysis in literature
There are several method for a techno-economic evaluation of the plant. Generally,
the capital investment and the present value of the plant is determined by finding
all equipment costs and operating costs for the construction and operation a plant
for 20 years. Total capital investment is based on the total equipment cost with the
additional installation costs and indirect costs (such as engineering, construction,
and contingency costs) [35]. Generally, the costs related hydrothermal treatments
are higher than other major biomass conversion technologies, such as pyrolysis or
indirectly-heated gasification.
Magdeldin et al. [44] studied the Hydrothermal liquefaction of lignocellulose
residues. They obtained a minimum selling price of the crude which varies from 94
to 169 e/MWh depending on the study case. The production cost obtained from a
study on the bio-oil integrated gasification and Fischer-Tropsch [45] is ~75 e/MWh.
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Hence, it is possible to notice that the minimum selling price related to the gasifica-
tion and subsequent FT process is lower than the Hydrothermal liquefaction case.
Biocrude yield is one of the most important factors driving economics of the HTL
plant. A maximum yield of 45% is thought to be achievable, therefore the motivation
for this research is to look into the SCWG with 98% carbon recovery into the syngas
compared to the liquefaction route with only 45% and even lower.
Hrncic et al. [46] gave an overview of the current high pressure processes for
treatment of biomass for production of energy and chemicals. They made an anal-
ysis of the economic viability of hydrothermal processes. Table 2.7 shows the eco-
nomic evaluation of scale up hydrothermal processes reported in ref [46].
TABLE 2.7: Economic evaluation of hydrothermal processes [46]
Process Capacity (t/h) Feedstock Total Capital Investment (TCI) (Me) Product cost (e/Gj) Environmental impact
HT carbonization Hydrochar
Plant 1 5.7 Empty fruit branches 9.01 9.67 Carbon neutral
Plant 2 13.8 Empty fruit branches 16.47 7.49 Carbon neutral
Plant 3 48.6 Waste food 20.719 5.27 Carbon neutral
HT liquefaction Biofuel
Plant 4 0.468 Microalgae 1.6 65.9 Carbon neutral
Plant 5 83.3 Microalgae 468 / Carbon neutral
HT gasification Syngas
Plant 6 5 Sewage sludge 2.915 7.1 Carbon neutral
What emerges from the table is that the production cost related to the HT lique-
faction is higher that the other hydrothermal processes. The capacity of the plants
shown in table 2.7 varies from 0.468 t/h up to 83.33 t/h depending on the feedstock
type and operating conditions. As illustrated in the table, the main advantage of
these processes is that they have a low environmental impact due to the fact that they
are carbon neutral [46]. Generally in a hydrothermal industrial plant the reactor rep-
resents between 8.5 and the 21.3% of the total capital investment (TCI) of the plant
depending on plant capacity and feedstock used [46]. The cost cost contribution of
the reactor to the TCI may vary significantly with increasing the plant capacity and
with a hypothetical product upgrading. The design of a product upgrading requires
a higher number of equipments and therefore a greater TCI. The competitiveness of
the process can be assessed in comparison to conventional technologies of hydrogen
production based on the techno-economic assessments reported in literature [30].
The working conditions of the equipments effect the investment cost of the plant,
hence materials with suitable characteristics are required.
The current technology based on biomass to liquid production through the Fis-
cher Tropsch processes are based on the treatment of a syngas obtained from con-
ventional gasification. Trippe et al. [47] carried out a techno-economic assessment
of Fischer Tropsch synthesis as alternative process steps within biomass-to-liquid
production. They concluded that the production costs related to biomass fuels are
higher than the current price markets (between 76 and 93%). However, this tech-
nologies are close to becoming competitive to conventional refineries since the pro-
duction costs are slightly higher than the current production costs when coal is used
as main feedstock (between 7 and 18%) [47]. A similar approach was carried out
by Meerman et al. [48]; they evaluated the economic potential of integrated gasi-
fication co-generation facilities with carbon dioxide capture and storage. As a re-
sult they obtained that the current production costs of transportation fuels are above
market prices, nevertheless, future improvements and plant upgradings could make
gasification facilities economical. The main process blocks for the biomass to liquid
conversion of their review are shown in figure 2.8.
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by a tubular oven, made of insulation material and heated by electrical resistors.
There are then three thermocouples to control the temperature inside the reactor.
Feedstock does not actually pass directly into the pump in order do avoid corrosion
problems, but it is stored into a cylinder put between pump outlet and reactor. At
the end products are cooled down and thanks to a apposite valve the products are
collected to be analyzed. The experiments were conducted with two different types
of reactors: one in Stainless steel and one in Inconel.
The solid content used is around 10% in order to avoid the obstruction of the pip-
ing system leading to an excess increase of the pressure. Some of the data obtained
from the experimental plant in Åbo Akademi have been used as input for modeling
the system. Further information are given in chapter 3.
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Modeling
3.1 Introduction to the software Aspen Plus
The process was modeled and simulated on the commercial software Aspen Plus R©V8.8
[19]. It is a broadly used program to simulate chemical process utilizing the thermo-
dynamic and mathematical models contained in its databases and compounds data
banks to predict the processing conditions based on energy and mass balances.
The equation of state selected for this study is the Peng Robinson Boston and
Mathias (PR-BM). However, for gas cleaning step and for the units containing aque-
ous solutions the ENRTL-RK was chosen due to its ability to predict the behavior of
aqueous electrolytes [49]. For the fractionation and product separation step the BK10
method was used because it is strictly applicable to heavy hydrocarbon systems[19].
3.2 Process design
The flowsheet of the plant is reported in apendix B. The amount of vinasse that
arrives to the plant was chosen by literature data as 230 ton per day. This value
was obtained considering that the amount of vinasse generated by the bioethanol
production plant is around 23 kg per L of ethanol. Moreover it was considered that
on an industrial scale the capacity of the ethanol plant is around 10 m3 of ethanol
per day [50].
To model the behavior of the vinasse, three model compounds were selected:
Lactic Acid, Acetic Acid and Glycerol [12] and their concentrations were calculated
as average of the values found in literature [21], [22], [23], [12] for vinasse from
sugarcane.
As Lactic Acid, Acetic Acid and Glycerol are found to be the major compounds
but not the only ones, a non conventional compound (CHOSN) was defined for
modeling purposes to balance the organic content which was evaluated through an
iterative calculation. Knowing the molecular weight of Lactic Acid, Acetic Acid and
Glycerol and their amount contained in the vinasse, the moles of Carbon, Hydrogen
and Oxygen were calculated. Based on the average of the elemental analysis of the
vinasse found in literature [21], [22], [23], [12], it was evaluated the quantity of C,
H and O needed in the non-conventional compound in order to compensate the
quantity left, and therefore to simulate the presence of other compounds other than
Lactic Acid, Acetic Acid and Glycerol.
The solid components (Ash and organic content) were defined as non-conventional
compounds and from a thermodynamic point of view they were simulated based on
the built-in enthalpy and density coal correlations, HCOALGEN and DCOALGEN,
respectively. Table 3.1 shows the composition of the feedstock.
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TABLE 3.1: Concentration of compounds in the feedstock (Vinasse)
for Aspen simulation
Compound %wt
Glycerol 6.46
Lactic acid 14.44
Acetic acid 4.87
Ash 15,33
Moisture 49.16
CvHwOxNySz 9.75
As previously said, the elemental analysis used for the simulation was defined
as average between all the values reported in literature for vinasse from sugarcane.
The Heating value of the biomass was evaluated through the Boie correlation
(equation 3.1) based on its elemental composition.
∆H = 100(a1xC + a2xH + a3xS + a4xO + a5xN ) + a6 (3.1)
The values of the constants of Boie correlation are shown in table 3.2.
TABLE 3.2: Constants of Boie correlation [51]
Constant Btu/lb kJ/kg
a1 151,2 351,69
a2 499,77 1162,46
a3 45,0 104,67
a4 -47,7 -110,95
a5 27,0 62,80
a6 -189,0 -439,61
Therefore the estimated higher heating value of the biomass was 14,66 MJ/kg on
dry basis.
The process modeled can be divided in five main sections (figure 3.1 shows a
block diagram of the process):
• Super critical water gasification (SCWG) (1)
• Gas cleaning (2)
• Fischer Tropsch process (3)
• Product separation (4)
• Utility (5)
For each unit of the process, a parametric analysis has been made in order to find
the optimal working conditions. Figure 3.1 shows the Block diagram of the process
(the numbers on the streams are used to direct the reader to the focus streams in
appendix B). The utility unit will be explained in section 3.3.
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TABLE 3.3: Elemental analysis of Vinasse for the simulation com-
pared to the literature data
C 18.86% 17.3% 14.6% 16.92%
H 2.58% 2.11% 3.16% 2.62%
O 20.86% 8.73% 11.38% 13.65%
N 0.57% 2.10% 0.61% 1.09%
S 1.55% 2.10% 0.04% 1.23%
Ash 22.98% 9.79% 13.31% 15.33%
Moisture 32.60% 58.00% 56.90% 49.16%
Reference [22] [21] [23] Model
TABLE 3.4: Yields of the RYIELD reactor (%) for the decomposition of
the vinasse into its elemental analysis
C 4.22
H 0.60
O 2.26
N 0.18
S 0.20
Ash 2.54
H2O 90
The reactor outlet is fed to a Cyclone to separate the solid residue from the syn-
gas. It was assumed that all of the solid residue exits within this step. As no informa-
tion about the particles dimension were detected, a simple SEP was used assuming
a complete solid removal. The specific design of the Cyclone was not considered in
this study. The solid exiting the separator needs to be cooled from 600◦C to ambient
temperature.
The Syngas obtained is at first cooled to 90◦C and then fed to a Flash separator
for water removal (working pressure is 30 bar). The working conditions of this flash
depend on the subsequent gas treatment. In table 3.5 is reported the composition of
the syngas after water removal.
TABLE 3.5: Syngas composition (%) after removal of 99.98% of water
Compound Volume%
H2O 2.34
H2 56.09
CO2 21.96
CO 0.75
CH4 18.69
H2S 0.09
NH3 0.09
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From the composition of the dry syngas it is possible to notice that the working
conditions selected allow the production of hydrogen as main product, with a lower
production of carbon dioxide and methane. At this point of the process, it is impor-
tant to focus on the acid gas content of the syngas and its removal. As shown in 3.5
the H2S content is not negligible, therefore it needs to be removed.
3.2.2 Gas cleaning
This section was designed to lower the amount of H2S entering the FT block, because
its presents limit the activity of the catalyst and it is the cause of its deactivation.
Before modeling, a research on the current technologies used was made.
Overview on acid gas removal technologies
Various solutions are possible to remove the H2S and the CO2.
• Claus process
This process is mainly used in oil and natural gas refining and it allows the H2S
removal by oxidizing it to elemental sulfur. It can be treated with different
configurations, leading to a removal efficiency that ranges between 95% and
98% depending on the reactor configuration.
The main reactions that take place in the catalytic reactors are the following:
H2S +
3
2
O2 $ SO2 +H2O (3.2)
2H2S + SO2 $ 3S + 2H2O (3.3)
H2S +
1
2
O2 $ S +H2O (3.4)
The Claus process is most effective in streams that contain a large amount of
H2S, greater than 15% [52].
Hence this solution was not modeled in this study because the H2S content is
lower (table 3.5).
• Chemical oxidants
Mainly used in wastewater treatment plants, they allow controlling both odor
and toxic potential of H2S. The most widely used chemical oxidation sys-
tem is a combination of sodium hydroxide (NaOH) and sodium hypochlorite
(NaOCl), which are selected for their low cost, availability, and oxidation ca-
pability [52].
• Caustic scrubber
It works similarly to the chemical oxidation system, with the difference that
caustic scrubbers are equilibrium limited. This means that if caustic is added,
H2S is removed, and if the pH decreases, H2S is produced [52].
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• Adsorption
With the adsorption process, the molecules of the compound that has to be
removed are captured to the surface of an adsorbing material. This process
can continue until the surface of the material is covered and then the material
must be regenerated. The most common material used for adsorption is the
activated carbon [52].
• Amine absorption
Amines have the ability to absorb acid gases due to their chemical structure
[53]. They are able to remove H2S by absorbing it and dissolving it into an
aqueous amine stream. The desorbing of the acid components through a heat-
ing system allows the regeneration of the stream. Therefore, the acid gas ab-
sorption in amine solution is conducted using a two-column operation: the
first column is used to absorb the acid gas into the absorbent amine, and the
second column is used to regenerate the amine [53].
When H2S is exposed to an aqueous amine, or any alkaline solution, it disso-
ciates into the bisulfide ion, SH−, by a proton-transfer reaction (equation 3.5)
[54].
H2S + amine$ (H : amine)
+ + SH−1 (3.5)
The H2S reacts almost instantaneously with the amines by proton transfer
(equation 3.6).
CO2 +H2S + amine$ [amine]COOH
+ +OH− (3.6)
CO2 +H2O +R2NCH3 $ R2NCH
+
4 +HCO
−
3 (3.7)
CO2 reacts with primary and secondary amines to form a carbamate (3.7) [54].
Amines that are commonly used are monoethanolamine (MEA), diethanolamine
(DEA), and methyldiethanolamine (MDEA).
MEA
It is an organic compound with the formula HOCH2CH2NH2 generally used
as a 10 to 20 weight % solution in water. Due to corrosion problems, the acid
gas loading is usually limited to 0,3 to 0,35 moles acid gas per mole of amine
for carbon steel equipment [36].
Since MEA is a primary amine, it has a high pH which enables MEA solutions
to produce a sweetened gas product [36].
DEA
It is an organic compound with the formula HN(CH2CH2OH)2 commonly
used in the 25 to 35 weight % range. The total acid gas loading for DEA is also
limited to 0,3 to 0,35 mole/mole for carbon steel equipment. The degradation
products of DEA are much less corrosive than those of MEA [36].
Since DEA is a secondary alkanolamine, it has a reduced affinity for H2S and
CO2, although it is selective to H2S under specific conditions [36].
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MDEA
It has the formula CH3N(C2H4OH)2. MDEA is commonly used in the 20 to
50%wt range. Solutions with lower content of MDEA are typically used in very
low pressure, high selectivity applications. Due to considerably reduced cor-
rosion problems, acid gas loadings as high as 0,7 to 0,8 mole/mole are suitable
in carbon steel equipment.
The main advantage of this amine is its selectivity towards H2S and CO2. The
higher selectivity of MDEA for H2S results from the inability of tertiary amines
to form a carbamate with CO2, in fact MDEA does not have a hydrogen at-
tached to the nitrogen and therefore it cannot react directly with CO2 to form
carbamate. The reaction can only take place after the dissolution of CO2 in the
water where it forms a bicarbonate ion [55].
The following chemical reactions occur in an aqueous MDEA solution when
CO2 and H2S are present:
CO2 +H2O $ HCO
−
3 +H
+ (3.8)
HCO−3 $ CO
2−
3 +H
+ (3.9)
H2O $ OH
− +H+ (3.10)
RR0R0NH+ ! RR0R0N +H+ (3.11)
H2S ! HS
− +H+ (3.12)
HS− ! S2− +H+ (3.13)
Where R (3.11) represents a methyl group and R’ an ethanol group [55].
The AGR through amine scrubbing allows a H2S removal until 4 ppm, so if
some other phases of the plant require a lower value of ppm, a second step
of AGR has to be evaluated. If the Fischer Tropsch process follows, the H2S
content needs to be reduced below 1 ppm [35].
• Zinc Oxide Guard
Used to remove trace amounts of H2S from gases at high temperatures (from
200◦C to 400◦C). Zinc oxide catalyst is used as a mixture of ZnO and alumina
as a binder in addition to some fillers or binder materials. In general, 90%wt
of ZnO is quite acceptable.
The main reaction in this process is:
ZnO +H2S ! ZnS +H2O (3.14)
The quantity of hydrogen sulfide being adsorbed by zinc oxide depends on its
value in the feed and on the degree of contact between it and the ZnO bed [56].
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Maximum sulfur loading is typically in the range of 30-40 kg sulfur/100 kg
sorbent. When the zinc oxide reacts with the H2S an insoluble layer of zinc
sulfide is formed and approximately 40% of the H2S is converted [52], [57].
• LO-CAT R©process
It is a process commercially used and it allows the conversion of the gas into
solid sulfur. It is patented process that consists in a wet scrubbing, liquid redox
system that uses a chelated iron solution to convert H2S to solid sulfur. It
mainly consists in the oxidation of the H2S and it can be divided in five steps.
1. Absorption of H2S
2. Ionization of H2S
H2S $ H
+ +HS˘ (3.15)
3. Sulfide Oxidation
HS˘ + 2Fe+++ $ S◦ + 2Fe++ +H+ (3.16)
4. Absorption of Oxygen
5. Iron Oxidation
1
2
O2 +H2O + 2Fe
++ $ 2OH− + 2Fe+++ (3.17)
Overall, the reaction can be expressed as:
H2S +
1
2
O2 $ H2O + S
◦ (3.18)
This process, carried out at ambient working conditions (25◦C and 1 bar) al-
lows the conversion of the 99,99% of H2S into solid sulfur [58].
Design
The Gas cleaning was consequently designed: it is composed of four main sections,
as illustrated in figure 3.3.
Therefore the main sections are:
1. Amine scrubbing, to reduce the H2S content in the gas fed to the FT;
2. Pressure Swing Adsorption (PSA), in order to obtain a high purity hydrogen
stream to send to the reactor;
3. CO2 recovery, to reduce the carbon losses of the plant;
4. LO-CAT R©process, to further reduce the amount of H2S.
Figure 3.4 shows the flowsheet of the gas cleaning unit.
1. Amine scrubbing: This step was evaluated in order to reduce the H2S and
CO2 content before the gas enters the Fischer Tropsch reactor because the con-
tent of sulfur tolerated by the FT catalyst is lower than 1 ppm [59].
The AGR was made through a MDEA absorption with a 30%wt MDEA so-
lution. The MDEA is able to remove 0,4 mol of acid gas per mol of amine
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FIGURE 3.3: Block diagram of the Gas cleaning unit
[38]. The amount of solution needed was thus evaluated. At first attempt, the
stages needed for the extraction were evaluated with a simplified calculation
on Excel for an ideal system. The design is reported in appendix C. The main
assumption that has been made in the first extractor design is constant flow
rates entering and exiting the extractor. With this, an iterative calculation has
been carried out until the H2S content was reduced below 4 ppm. The results
obtained from the excel calculation were then simulated in Aspen Plus R©and
adjusted using a RADFRAC with 4 stages without a boiler nor a condenser. A
sensitivity analysis allowed the evaluation of the optimal working conditions
which were 90◦C and 30 bar with a solvent mass flow of 67 ton/hr.
2. Pressure Swing Adsorption: Due to the composition of the sweet gas (table
3.6) a pressure swing adsorption step was evaluated in order to recover H2
stream with high purity for the RWGS step leaving a combustible stream (219)
that has a potential as hot utility for the plant (composition is shown in table
3.7) .
TABLE 3.6: Sweet gas molar composition (stream 204 in figure 3.4)
Compound %
H2 80
N2 2
CH4 18
Pressure swing adsorption (PSA) processes are generally used for the produc-
tion of high purity hydrogen. It is technology based on a physical binding of
gas molecules to adsorbent material. The separation effect is based on differ-
ences in binding forces to the adsorbent material. The adsorption step works
at high pressure typically in the range between 10 to 40 bar until the equilib-
rium loading is reached. In this condition, the maximum adsorption capacity
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stream wich is fed to the RWGS reactor.
3. CO2 recovery : The solvent exiting the block EX-201 needs to be recovered,
to reduce the MDEA make up along with the cost of the plant. It is therefore
possible to recover the CO2 that can be used for the RWGS step. The CO2
recovery can be divided in two steps:
• Solvent recovery
• Water scrubbing
As a result the CO2 (~83%) rich stream exiting this step contains a high amount
of sulfur content, thus a LO-CAT R©was modeled.
Solvent recovery
The solvent exiting the extractor (stream 203) was fed to a FLASH unit (block
D-201) working at 1 bar and 25◦C: this allows the recovery of the 99,99% of
MDEA in the liquid stream, although a high amount of CO2 (~95% of it) ex-
its with the liquid stream. This (stream 206) is heated to 45◦C and fed to a
second Flash step (Block D-202) where ~81% of the CO2 is removed from the
liquid stream (207). Stream 207 is then fed to a desorption system were the
99% of CO2 and H2S are recovered in the top stream through the air fed to the
block. The gaseous stream (210) is then recirculated to the MDEA adsorption
unit in order to reduce the carbon losses. The liquid stream (211) is composed
by almost the 30%wt of MDEA and around 70% of Water (some impurities
are present), therefore it could be recycled to the extractor lowering the sol-
vent make-up (in the simulation the MDEA stream was simulated as pure sol-
vent). Figure 3.5 shows a simplified block diagram of the solvent recovery
step. Stream 210 is recycled to the amine adsorption due to its high content of
H2S (~4%).
FIGURE 3.5: Block diagram of solvent recovery step
Water scrubbing
The water scrubbing was evaluated due to the high content of methane present
in the gaseous streams. This step allows the separation of methane from CO2.
The methane stream (230) is mainly composed of combustible compounds (ta-
ble 3.8 shows its composition), therefore it was evaluated as potential hot util-
ity for the plant (more detailed explanation in chapter 3.3 ).
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• Desorption (block EX-204), for the recovery of high purity water in the
bottom and off-gas in the top.
The adsorption step was modeled at 6 bar and the desorption step was simu-
lated as atmospheric a flash (block D-204) for the separation of CO2 from the
water. The optimal working conditions (3 bar and 75◦C) were selected based
on the H2S content in the gaseous stream (239). Hence, the recovery of CO2
is limited by the content of H2S. This configuration allows the recovery of
the ~99,5% of water in the bottom stream, and the of ~70% of CO2 in the top
stream. The stream fed to the LO-CAT R©reactor is thus mainly composed of
CO2 (~92%wt). Therefore differently from what reported in figure 3.6 in this
study a second flash was modeled because of the high sulfur content which
limits the amount of CO2 that can be recovered.
4. LOCAT R©process: The LO-CAT R©process for sulfur removal was selected to
remove the H2S content because compared to the Zinc Oxide guard, it allows
higher conversions and therefore a lower H2S content in the stream fed to the
FT step. For modeling purposes, it was used a RSTOIC to model the con-
version to elementary sulfur with a 99.99% of conversion and a separator to
simulate the total separation of the solid sulfur from the gas stream. Air is fed
to the reactor at stoichiometric conditions so that the equation 3.18 occurs. The
possibility of feeding a stream with only O2 was evaluated, but the fraction
of N2 that remains in the process after the LO-CAT R©reactor was considered
acceptable (below 1%). As a result, the ppm of H2S leaving the unit are ~0.19.
3.2.3 RWGS and Fischer Tropsch
Figure 3.7 shows the flowsheet of the RWGS and FT unit.
RWGS
The ratio required from the Fischer Tropsch reactor is adjusted through a Water Gas
Shift (1.3) or a Reverse Water Gas Shift (3.19) depending on the stream composition.
In this study the RWGS reactor was modeled for this purpose.
The ratio of H2/CO happens to be high (~84), for this reason a reverse water gas
shift is needed (equation 3.19).
CO2 +H2 $ CO +H2O (∆H = 41160J/mol) (3.19)
The reaction is mildly endothermic and therefore favored at higher temperature.
It is necessary to select an efficient catalyst capable of bearing high temperatures and
being selective to CO during the RWGS reaction.
The possibility of the formation of side products have been evaluated: with the
same reactants it is possible the synthesis of methane (equation 3.20) and methanol
(equations 3.21 and 3.22).
CO2 + 4H2 $ CH4 + 2H2O (∆H = −164.9KJ/mol) (3.20)
For this study the side reactions were not considered due to the catalyst selected.
CO + 2H2 $ CH3OH (∆H(298K) = −21.7kcal/mol) (3.21)
CO2 + 3H2 $ CH3OH +H2O (∆H(298K) = −11.9kcal/mol) (3.22)
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TABLE 3.9: Summary of reaction conditions with conversion and se-
lectivity to CO for RWGS catalysts [41]
Catalyst H2:CO2 Temperature Pressure Conversion Selectivity
ratio (C) (MPa) (%) (%)
NiO/CeO2 1:1 700 0.1 ~40 ~100
Cu/Al2O3 1:9 500 N/A ~60 N/A
Co/MCF-17 3:1 200-300 0.55 ~5 ~90
Pt-Co/MCF-17 3:1 200-300 0.55 ~5 ~99
Cu/SiO2 1:1 600 0.1 5.3 N/A
Cu/K/SiO2 1:1 600 0.1 12.8 N/A
Cu-Ni/γ −Al2O3 1:1 600 0.1 28.7 79.7
Cu-Fe/SiO2 1:1 600 0.1 15 N/A
Li/RhY 3:1 250 3 13.1 86.6
Rh/SiO2 3:1 200 5 0.52 88.1
Rh/T iO2 1:1 270 2 7.9 14.5
Fe/T iO2 1:1 270 2 2.7 73.0
Rh-Fe/T iO2 1:1 270 2 9.2 28.4
Fe-Mo/γ− 1:1 600 1 ~45 ~100
Mo/γ −Al2O3 1:1 600 1 34.2 97
Pd/Al2O3 1:1 260 0.1 N/A 78
Pd/CeO2 1:1 260 0.1 N/A 87
Pd/La2O3 1:1 260 0.1 N/A 70
CeO2-Ga2O3 1:1 500 0.1 11.0 N/A
Pt/T iO2 1.4:1 400 N/A ~30 N/A
Pt/Al2O3 1.4:1 400 N/A ~20 N/A
PtCo/CeO2 3:1 300 0.1 3.3 71.0
Co/CeO2 3:1 300 0.1 3.8 39.4
PtCo/γ −Al2O3 3:1 300 0.1 5.1 89.4
Co/γ −Al2O3 3:1 300 0.1 3.8 67.0
Mo2C 3:1 300 0.1 8.7 93.9
Mo2C 5:1 250 2 17 34
Cu-Mo2C 5:1 250 2 13 40
Ni-Mo2C 5:1 250 2 21 29
Co-Mo2C 5:1 250 2 23 24
The product distribution is mainly affected by the chain growth probability pa-
rameter (α), so according to this value the quality and the characteristics of the
biocrude differ. In order to produce a diesel fuel this factor should be between 0,85
and 0,9, as shown in figure 3.9 [65].
The FT process is catalytic, so different catalysts have been studied in literature
[66], [67]. Usually the catalysts used are based on transition metals of iron, cobalt,
nickel and ruthenium. The FT catalyst development has largely been focused on the
preference for high molecular weight linear alkanes and diesel fuels production.
The activity depend on the H2 adsorption capacity and on the reducibility of the
other metal oxide components [67]. Between the metals mentioned, Ruthenium is
one of the most active catalyst for the FT process operating at low temperature. It al-
lows the production of long chain hydrocarbons without the need of any promoters.
However, in industrial applications other catalysts are preferred due to its elevated
cost [68]. Iron and Cobalt are thus the most suitable catalyst for this application.
Fe has a very low selectivity to paraffins, promoting the production of olefins; it is
convenient from an economic point of view but it deactivates more quickly than the
Cobalt-based catalysts. On the other hand, Co has a good selectivity to paraffins,
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1. Light Naphtha and water separation
2. Production of Heavy Naphtha, Kerosene and diesel
3. FCC for gasoline production from the fractionation column residuum
For each step the appropriate parameters have been evaluated.
Light Naphtha and water separation
In this step a distillation column (T-401) with total condenser and partial reboiler
was modeled. A snapshot of the Light Naphtha and water separation section is shown
in the left top part of figure 3.10. The Distillate to Feed Ratio and the Reflux Ratio
were varied until all the Light naphtha hydrocarbons were found in the top stream
and the heavier ones remained in the bottom to be fed to the fractionation column.
The column was modeled of 25 stages with a Kettle reboiler and a total condenser.
After the column a separator was modeled to separate the light naphtha from the
water and the off-gas (D-304).
Production of Heavy Naphtha, Kerosene and diesel
In this step a atmospheric fractionation column (T-402) was designed to separate the
distillates. The Production of Heavy Naphtha, Kerosene and diesel section is shown in
figure 3.10. The distillate that can be extracted from the column are based on the
carbon number.
• C1 - C4: Light Naphtha
• C5 - C9: Heavy Naphtha
• C10 - C16: Kerosene
• C17 - C22: Diesel
• C22+: Waxes
In petroleum refining the boiling points are used to characterize a fraction in-
stead of mass and molar distribution. The curves used to describe the boiling point
temperature for % of distillate are the True Boiling Point (TBP) and the ASTM D86
[70]. For modeling purposes, these curves, which were used in the streams specifi-
cation for the fractionation column, were evaluated from the Stream Analysis tool of
Aspen Plus R©.
Both the fractionation and the FCC unit were simulated on a different Aspen
flowsheet due to the characteristics of the distillates. The method to calculate the
frictions is to break them into pseudocomponents that have their own Specific Grav-
ity (SG), API Gravity and Molecular weight [42]. The crude fed to the column was
then defined as Blend of the different pseudocomponents knowing their mass frac-
tion in the crude. For petroleum fractionation, usually it is specified along with the
TBP, the sulfur content curve. In our case the sulfur content was reduced in the AGR
Unit to approximately zero, therefore its curve was not taken into account.
The column was modeled as a 25-stages column with a furnace, three strippers
and one pump around. The furnace has the aim to partially vaporize the feed. It
was located almost at the bottom, at the stage number 22 and at temperature of 370◦
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3.13, Other outlays consist of startup costs, working capital, costs of licensing, re-
search and development which depends on O&M costs, DC, FCI and Land cost. The
PEC was evaluated in two different ways. For the standard units, for instance ves-
sels, pumps, compressors, the Aspen plus R©Economic tool was used. This gives an
information of the purchase and installation cost in US dollars. The rest of the units,
for instance the SCWG process, the RWGS, the FT, were adapted from literature data
(table 3.12). The purchased cost associated to the mixing tank at the beginning of
the process (block M-101) was evaluated with the Guthrie method. The costs were
brought to the start of construction year (2017) through the Chemical Engineering
Plant Cost Index (CEPCI) with equation 3.30.
PEC2017 = PECRef.year
CEPCI2017
CEPCIRefyear
(3.30)
The capacities of the reference were adjusted to the process ones through equa-
tion 3.31.
PECprocess = PECRef (Capacityprocess/CapacityRef )
α (3.31)
α represents the escalation factor which varies between 0,6 and 1 depending on
the equipment type [44].
TABLE 3.12: Capital cost of non-conventional equipment
Equipment Reference Escalation factor Year of Ref. Capital Cost used (ke)
SCWG [30] 0,6 2007 202
Cyclone [74] 0,6 2014 0.71
Ash storage [35] 0,6 2007 0.005
PSA [75] 0,55 2016 55
LO-CAT [35] 0,67 2007 153
RWGS [76] 0,65 269
FT [75] 0,75 2016 18
FCC [77] 0,6 1998 16
Boiler [78] 0,6 2016 186
The capital costs values reported in 3.12 are referred to Case 1.
A more detailed description of the TCI evaluation is shown in table 3.13.
The operational and maintenance costs (O&M) are divided into fixed and vari-
able: the fixed include the employee salaries and benefits, overhead and insurance.
The variable cost depend on the annual operational time which was set at 8000
hours. This value includes the purchase of the material streams: feedstock (vinasse
is considered a waste by-product with no associated purchased cost), solvent and
process water (a 10% make-up was assumed for both), utilities and cost related to
the replacement of the catalysts. The costs related to the O&M costs are detailed
in appendix F. The escalation rate was evaluated based on the changing price of
the products between 2000 and 2017 in Finland. As shown in 3.14 it was assumed
a straight line depreciation, which consists of computing depreciation and amorti-
zation by dividing the difference between an asset’s cost and its expected salvage
value by the number of years it is expected to be used (equation 3.32). The salvage
value of the plant was then assumed equal to zero.
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Fixed Capital Investment
Onsite costs
Purchased equipment cost PEC
Piping 35 %PEC
Instrumentation and controls 12%PEC
Electrical equipment and material 13%PEC
Offsite costs
Land 6% PEC
Civil, sxtructural and architectural work 21%PEC
Service facilities 35%PEC
Total direct costs (DC) Onsite + Offsite
Indirect costs
Engineering and supervision 8%DC
Construction costs and contractors profit 15%DC
Contingency 15% of Direct+indirect costs
Other outlays
Startup costs CostoffixedO&M
Month
+ CostofvariableO&M
6
+ 2%(FCI-Land)
Working capital Fuelcost
6
+ CostofvariableO&M
Month
+ Cost of fixed O&M*1.25
Costs of licensing, research and development 2%DC
Total Capital Investment TCI
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TABLE 3.14: Techno economic analysis assumptions
Economic assumptions
Return on investment 10%
Project life time 20 years
Capacity factor 91%
O&M escalation rate 3% except for electricity (0,34%)
PEC/TCI ratio 0.3
- Case 1 29%
- Case 2 30%
Contingency 15% of Total direct cost,
Engineering and supervision
and Construction costs
Equity 100%
Average labor cost 36000 euros per year
Number of employees 30
Overhead & insurance 1,5% TCI
Straight line depreciation
No salvage value
No fuel cost
All construction costs are escalated to 1st year operation
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Steam Reformed in order to produce CO, one of the main reactants of the FT process.
However this solution would lead to a higher cost of the electricity utility which in
this case is partially covered by the HP steam generated. With the design selected
for this study, the plant is self sufficient. This means that the heat recovered from the
combustible gas is sufficient to cover the heat demand required by the plant and no
external utility is needed.
The off-gas is ~41% of the carbon which exits the plant as CO2 mainly (~70%mol)
with a minor content of water (~18%mol) and H2S (~4%mol). The carbon recovery
is limited by the presence of H2S: their solubilities are different but similar, therefore
the more CO2 we manage to recover, the more H2S ends in the stream going to the
RWGS step.
The 2% of carbon going in the solid residuum stream shown in the diagram (4.1)
is the non-reacted carbon from the feedstock. In fact it was made as assumption that
98% of the carbon entering the SCWG step reacts to form the syngas, and the rest
is assumed to leave the plant as solid residuum with the ashes. Sensitivity analy-
sis conducted throughout the design of gas cleaning process units enabled the near
elimination of carbon losses in the waste water or solvent recovery streams. For this
reason they both were thought to be recycled with the evaluation of a periodical
replacement of the make-up due to the impurities content. The carbon contained
in the FT crude is then split into the different fractions where, as illustrated in the
diagram 4.1, the kerosene is the main product. To have a more efficient description
of the carbon partitioning within the products is necessary to analyze the product
characteristics.
4.2 Product characteristics
The objective of the thesis is to produce transportation liquid fuels, therefore the
product distribution should be evaluated. As shown in figure 4.2 the major prod-
uct obtained from the plant is the Kerosene, which is around 40% of the FT crude.
Furthermore, it is possible to notice that still a valuable percentage of the crude is
fractioned as Diesel (~22%) and gasoline (~28%), which are also the most valuables
in terms of consumption. This characteristic is mainly caused by the catalyst of the
FT process and the α parameter which affects the hydrocarbons distribution.
As explained in the chapter 3 chapter the way to evaluate the characteristic of a
distillate is through the TBP curves.
The graph 4.3 shows the Temperature Boiling Point curves for each product. It
is possible to notice that heavier fractions, and therefore the heavier hydrocarbons,
have a higher TBP curve and thus the temperature necessary to extract a certain
distillate percentage is higher.
Consequently, it is possible to compare the TBP of each fraction with the ones
found in literature for the petroleum crude [71] shown in figures 4.4, 4.5, 4.6. The
graphs show the percentage of distillate that can be extracted at a specific tempera-
ture.
The difference found between the curves of the model and the one of the Liter-
ature are due to the different crude fed to the fractionation unit. In fact, the values
reported in literature are referred to the Petroleum crude which has different char-
acteristics than the FT crude. In each graph (4.4, 4.5, 4.6), the blu line represent the
value reported in literature for the Petroleum crude. It is possible to notice that the
TBP literature curves are higher than the ones evaluated for this study. This is mainly
caused by to the higher presence of impurities in the streams, for instance sulfur and
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TABLE 4.4: Case1 vs Case 2
Case 1 Case 2
Capital cost (Me) 51 77
Units 33 34
Number of syngas exchangers 10 6
Number of exchangers for feedstock preheating 8 4
HP steam production Higher Lower
TABLE 4.5: Thermal efficiencies (on biomass wet basis) results
ηBtL 16.97%
ηThermal−Case1 20.72%
ηThermal−Case2 20.72%
The low efficiency values are mainly due to the low recovery of the carbon into
the product (~14%). If, for instance, we compare this result to a Hydrothermal liq-
uefaction of lignocellulose residues we can see that the thermal results found from
Magdeldin et al. [82] are higher: the thermal efficiency of the plant is around 30%.
The efficiency obtained are significantly lower than the one reported in 2.5, although
it is important to notice that those efficencies were associated with the SCWG of
biomass. In this study, the product obtained from the SCWG process block has been
further treated for liquid fuel production. Therefore it necessary to compare the
results in table 4.5 also with biomass to liquid production processes. Trippe et al.
[47] studied the biomass to liquid conversion via Dimethyl Ether (DME) and via
FT synthesis from a syngas obtained through conventional gasification. The energy
efficiency associated to this process ranged around 38%. The value is higher than
the ones in table 4.5; one reason could be because of the working conditions of the
supercritical water gasification system who require a great energy load. Moreover,
in this study a RWGS reactor was designed before the FT process block differently
from the work of Trippe et al. [47]; this step requires a significant energy load due
to the high temperature working condition. Zhu et al. [83] made a techno-economic
analysis for the thermochemical conversion of biomass to liquid fuels. They eval-
uated several pathways for fuel production from biomass and made a comparison
among the results obtained (table 4.6).
TABLE 4.6: Thermal efficiencies reported in ref. [83] for different
biomass to liquid pathways
Ethanol via Mixed Alcohols 41-45%
Methanol to Gasoline 44-46%
FT diesel 40-46%
Ethanol via acetic acid 55-58%
HTL 63%
Fast pyrolysis 64%
What emerges from the work of Zhu et al. [83] is that the processes with higher
overall conversion, for instance methanol and DME, have better thermal efficiency
than lower conversion synthesis cases, such as FT diesel. However, all the cases
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in table 4.6 show a higher thermal efficiency than the one evaluated for this study.
Many factor could be the cause of this result, first of all the low carbon recovery
into the product. Secondly could be the complexity of the plant and the high energy
demand due to the high pressure and high temperature working conditions for more
than just one block.
4.4 Techno economic assessment results
The annual costs associated to each case are reported in table 4.7. From this table it is
possible to notice that the cost related to the second case, the restricted one, is higher
than the other. This is due to a higher number of exchangers and also to the lower
amount of HP steam generated and therefore the higher power demand of the plant.
TABLE 4.7: Costs associated to the two cases
Case 1
TCI Me 51.5
Fixed O&M Me/year 3.5
Variable O&M Me/year 4.7
Case 2
TCI Me 77
Fixed O&M Me/year 3.5
Variable O&M Me/year 5.1
The external power required is indeed lower in case 1 than in case 2 due to the
HP steam generation. Mid results are shown in table 4.8.
TABLE 4.8: Power demand of the plant
Case 1
Power consumed MW 2,03
HP steam MW -1,88
Power required MW 0,14
Case 2
Power consumed MW 2,03
HP steam MW -1,26
Power required MW 0,76
With the value of the amount of fuel produced every year, it was possible to
evaluate its minimum selling price to reach the break even point. Results are shown
in table 4.9.
The cost contribution (%) to total product cost is shown in figure 4.8 and 4.9. The
first (4.8) allows to understand the contribution of each unit to the product cost. The
second one (4.9) illustrates how much the capital cost and the operative costs effect
the minimum selling price of the product.
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TABLE 4.11: Current incomes related to the process vs incomes
needed to breakeven
Current incomes Incomes needed to breakeven
e/year e/year
Case 1 1.332.351 9.425.443
Case 2 1.332.351 12.591.915
the presence of a high sulfur content which affects the solubility of CO2 in water.
One possible solution could be the pretreatment of the biomass before entering the
SCWG reactor to remove the sulfur content and thus to reduce to the minimum the
synthesis of H2S. This solution, however, could effect the thermal analysis. The
process modeled is thermally self sufficient but the use of external utility to cover
the power demand is needed. It was possible to reach this self-sufficiency condition
thanks to the presence of a high amount of combustibles which are recovered from
the acid gas removal step. Hence, a different method for the sulfur removal could
lead to a lower heat recovery and consequently to the need of an external hot utility.
At last, the production costs related to this process (in both case 1 and 2) are higher
than the costs associated to other processes for conversion of biomass into liquid
fuels.
The goal of the future studies is certainly the reduction of the carbon losses and
the improvements of the current technologies. The conversion of waste biomass for
biofuels production by applying supercritical fluids will play a significant role in
industry development because of its sustainability and its environmental-friendly
characteristics.
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Appendix B
Plant Flowsheet and equipment
table
R-101A
PUMP
R-101B
M-101
D-101
S-101
H-101 H-102
EX-201
P-201
D-201
R-201A
R-201B
R-302
D-301
M-203 H-203
H-301
H-302
D-302
R-301
D-102
D-303
T-401
D-304
EX-203
D-203
M-201
P-202
D-202
D-204
C-301
DESIGN-SPEC
WATERFLW
SP-203
DESIGN-SPEC
H2-CO2
SP-202
M-301
DESIGN-SPEC
H2-CO
M-102
WASTEWAT
LIQPROD
OFFGASMX
MDEAMIX
C-101
EX-202
DESIGN-SPEC
WAT-SCRU
S-201A
S-201B
M-202
TV-201
C-201
EX-204
TV-203
TV-202
H-202
H-201
COOLPROD
H-204
R-501
DESIGN-SPEC
AIR
H-502
H-103
DESIGN-SPEC
JACKFLOW
H-501
C-204
C-202
C-203
H-104
H-103B
H-303
H-304
DESIGN-SPEC
JCKTRWGS
H-205
C-501
101
106
104
107
102
103
111
112
109
108
110
201
203
204
202
206
246
243
244
245
307
311
310
309
301
302
306
308
312
313
114
113
314
315
405
401
402
403
404
222
226
229
230
225
232
233
304
215
228
231
QYIELD
QGIBBS
105
208
207
205
235
241
240
305
303
116
RECWAT
PRODUCT
S30
RETMEDA
239
115
209
210
211
221
217
220
219
320
227
236
237
238
216
218
242
234
S17
250
502
506
504
120 121
501
251
252
253
123
122
330
331
332
QRWGS
255
505
T-402
R-401
S-401
P-405 H-404
P-401
P-402
P-403
H-401
H-402
H-403
405
422
407
423
411
410
415
414
419
418
424
425
426
428
420
421
408
412
416
409
413
AIR
STEAM
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TABLE B.1: Plant equipments (Unit 1-2)
Unit 1
M-101 Feedstock mixer
PUMP Pump
H-101 Feedstock preheater
R-101A/B SCWG reactor
H-103A/B SCWG reactor heating jacket
S-101 Solid separator
H-104 Solid cooler
H-102 Syngas cooler
D-101 Flash for water removal
D-102 Flash for water purification
M-102 Mixer
Unit 2
P-201 Pump
P-202 Pump
EX-201 MDEA adsorber
D-201 Flash
D-202 Flash
D-203 Flash
D-204 Flash
H-201 Heater
H-202 Cooler
H-203 Heater
H-204 Heater
H-205 Cooler
EX-202 Gas desorber
EX-203 Gas desorber
EX-204 Gas desorber
C-201 Compressor
C-202 Compressor
C-203 Compressor
C-204 Compressor
M-201 Mixer
M-202 Mixer
M-203 Mixer
TV-201 Trottling valve
TV-202 Trottling valve
TV-203 Trottling valve
SP-201 Split
SP-202 Split
SP-203 Split
R-201A/B LO-CAT reactor
S-101A/B PSA system
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TABLE B.2: Plant equipments (Unit 3-5)
Unit 3
R-301 RWGS reactor
R-302 FT reactor
H-301 Cooler
H-302 Cooler
H-303/H-304 RWGS reactor heating jacket
C-301 Compressor
M-301 Mixer
D-301 Flash for FT-crude separation
D-302 Flash
D-303 Flash
Unit 4
T-401 Distillation column for Light naphta separation
T-402 Fractionation column
D-304 Flash
P-401 Pump
P-402 Pump
P-403 Pump
P-404 Pump
P-405 Pump
H-401 Heater
H-402 Heater
H-403 Heater
H-404 Heater
R-401 FCC reactor
S-401 Product separator
Unit 5
C-501 Compressor
H-501 Heater
H-502 Cooler
R-501 Boiler
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Appendix D
Calculations for the FT reactor
For the FT reactions usually the reactor works with a temperature range between
200 and 400◦C. It was though evaluated the value and it was selected the optimal
temperature in order to have a chain growth factor of 0,82 which is the most suitable
for a diesel fuel production as illustrated in the table 3.9.
TABLE D.1: alpha values with temperature
Temperature [C] α [-]
200 0,88
210 0,85
220 0,82
240 0,77
260 0,71
280 0,65
300 0,60
320 0,54
340 0,49
360 0,43
380 0,38
400 0,32
The main assumption made in this calculation are shown in table D.2
TABLE D.2: Main assumptions for FT conversions calculation
H2/CO - 2
α - 0.82
P bar 15
T ◦C 220
c - 0.25
CO conversion - 0.72
The conversions of CO into paraffins and olefins were evaluated with some equa-
tions. It is first possible to determine the molar (Mn) and mass (Wn) distribution
(illustrated in D.1 and D.2) with equations D.1 and D.2.
Mn = α
n−1(1− α) (D.1)
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%P =
1
1 + O
P
(D.9)
%O = 1−%P (D.10)
Therefore, the flow of CO converted in paraffin and olefin are respectively the
flow of CO converted times the percentage of olefin and paraffin per each carbon.
The conversion value that was inserted in the RSTOIC used for the simulation is
therefore the ratio between the amount of CO converted as explained divided by
the flow of CO entering the reactor. Figure D.3 shows the main calculation for this
block.
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Heat exchanger networks
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Appendix F
Calculations of Operative and
Maintenance costs
TABLE F.1: Operative and Maintenance costs
Annual Fixed O&M
Working hours h/year 8000
Capacity factor 91%
Labor position for operating and maintenance 30
Average labor rate e/year 36000
Overhead expenses % of Avg Labor 0.5
Personal insurance % of Avg Labor 0.3
Cost of Plant Maintenance 1,5%TCI 722 ke
Cost of Property Insurance 1,5%TCI 722 ke
Total ke/year 3.390
Variable O&M
ke/year Reference
MDEA replacement cost 96 [75]
Make-up water 130 [44]
Electric power 99 [44]
FT catalyst replacement 5 [75]
LOCAT catalyst 22 [86]
RWGS catalyst 40 -
PSA packing replacement 0.006 [35]
FCC catalyst replacement 5 [87]
Total Utilities and Chemicals cost 4679
For the MDEA replacement cost it was assumed 5% of replacing solvent per year
due to the recycle. The replacement of the RWGS catalyst was evaluated as 15% of
the capital cost associated to the RWGS reactor divided by the working hours per
year.
